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A B S T R A C T

In this study, a novel thermo-economic analysis on a membrane reactor adopted to generate hydrogen, coupled 
to a carbon-dioxide capture system, is proposed. Exergy destruction, fuel, and environmental as well as pur
chased equipment costs have been accounted to estimate the cost of hydrogen production in the aforementioned 
integrated plant. It has been found that the integration of the CO2 capture system with the membrane reactor is 
responsible for the reduction of the hydrogen production cost by 12 % due to the decrease in environmental 
penalty cost. In addition, the effects of operating parameters (steam-to-carbo ratio and biogas temperature) on 
the hydrogen production cost are investigated. Hence, this work demonstrates that the latter can be decreased by 
approximately 2 $/kgH2 

when steam to carbon ratio increases from 1.5 to 4. The analyses reveal that steam-to- 
carbo ratio increases exergy destruction cost, affecting consequently also the hydrogen production cost. How
ever, from a thermodynamic point of view, it enhances the hydrogen production in the membrane reactor, 
mutually lowering the hydrogen production cost. It has been also estimated that a decrease in the biogas inlet 
temperature from 450 to 400◦C can reduce the hydrogen production cost by 7 %. This study demonstrates that 
the fuel cost is a major economic parameter affecting commercialization of hydrogen production, while exergy 
destruction and environmental costs are also significant factors in determining the hydrogen production cost.

1. Introductıon

The importance of hydrogen production as a new and carbon-free 
energy vector is growing up quickly, with the intent of promoting a 
sustainable energy future contrasting the disadvantages due to the uti
lization of fossil fuels, which impact greatly on the environment in terms 
of air pollution, and global warming as well. Fossil fuels present also 
limited availability, they are subjected to depletion, and reliance on 
imports [1,2]. Hydrogen can be produced using various methods 
(thermochemical, electrolytic, biological, and photonic), depending on 
the primary energy source (renewable electricity, fossil fuels, natural 
gas, nuclear electricity, etc.), resulting in different CO2 footprint (1–20 
kgCO2

/kgH2
) and manufacturing cost (between 0.5–10 $/kgH2

) [3]. When 
hydrogen is produced from renewable energy sources with zero 

emissions, the product is defined roughly as green hydrogen; whereas 
when it is produced from fossil fuels and integrated with the CO2 capture 
and storage, it is defined as blue hydrogen. Blue and green hydrogen 
constitute promising solution to overcome the disadvantages of fossil 
fuels exploitation, supporting the decarbonization, enabling a clean 
energy storage, helping in grid balancing, and providing economic 
growth in the renewable energy sector [1,2].

Membrane reactor (MR) technology, which provides simultaneous 
hydrogen production and separation within a single device, plays a key 
role in integrated hydrogen technologies (e.g., fuel cells and power-to- 
gas applications). When the MRs are compared to conventional re
actors, they show several advantages such as enhanced reaction kinetics, 
simplified process flows, improved hydrogen purity, compactness, 
feedstock flexibility, and need of relatively milder operating conditions 
[4]. In MRs, hydrogen is removed continuously from the reaction side to 
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the permeation side by permeation through a hydrogen perm-selective 
membrane, enabling higher fuel conversions and improved hydrogen 
yields, leading to increased reactor efficiency [3,5–7]. Consequently, 
MR technologies contribute to advancing hydrogen production and 
promoting transition towards a cleaner and sustainable energy future 
[3,7]. From an economic point of view, MR systems represent an 
intensified solution not requiring further devices to generate high grade 
hydrogen. However, the conventional systems typically include four 
different steps such as steam-methane reformer (SMR) reactor, two 
water–gas shift (WGS) reactors, and a purification unit. Therefore, MRs 
can be simply integrated into several advanced and already existing 
systems (fuel cells, power-to-gas/liquid, etc.,), enhancing overall eco
nomic performance compared to conventional plants [8]. From an 
environmental point of view, MRs can be more suited to operate with 
CO2 capture devices compared to conventional systems since MRs do not 
require additional chemical steps to separate hydrogen from CO2. Thus, 
the energy conversion process can be targeted to reach low/zero CO2 
emissions and increase energy efficiency, and MR integrated plants 

providing simultaneous hydrogen production and CO2 capture are 
accepted as one of the most promising and sustainable technological 
strategies [9,10].

In literature, there are a number of studies focusing on the integra
tion of MRs used for hydrogen production with other technologies. In an 
experimental study dealing with the MR coupling with CO2 capture 
systems, Wu et al. [11] studied a CO2 perm-selective MR for producing 
hydrogen from methane by steam reforming process. This study shows 
that in situ CO2 removal from the reactor positively affects the conver
sion rate of WGS reaction and increases the yield of hydrogen. In 
particular, hydrogen yield and CO2 recovery at 900 ◦C and 1 atm were 
found 90 % and 84 %, respectively. Kian et al. [12] experimentally 
studied low-carbon hydrogen production with CO2 capture using a Pd- 
based metallic MR and investigated its performance in terms of 
methane conversion, hydrogen purity, recovery, and CO and CO2 
selectivity at 400 ◦C and 1–4 bar. The results showed that, when the 
pressure increases from 1 bar to 4 bar, methane conversion increased 
from 23 % to 42 %. Furthermore, at 4 bar, the purity of the hydrogen 

Nomenclature

Ac Cross sectional area, m2

BH2 Hydrogen permeability, mol/(s⋅m2⋅Pan)
c Cost per unit exergy, $/kWh
cp Specific heat constant, J/mol⋅K
CRcat Cost of the catalyst per unit volume, $/m3

CRF Capital recovery factor
DEN The coefficient of the adsorption of reacting species onto 

the active catalyst sites
DF Depreciation factor
EC Electricity cost, $/kWh
Ei Activation energy of reaction, i
Ėx Exergy rate, W
ĖxD Exergy destruction rate, W
Fm Material factor
Fn Pressure factor
Fp Proportionality constant that accounts for changes in the 

reactor pressure and materials
g Gravitational acceleration, m/s2

hi Specific molar enthalpy of i, J/mol
ΔHi Molar enthalpy change of reaction i, J/mol
ir Interest rate, %
JH2 Hydrogen permeation flux, kmol/(m2⋅h)
k0,i Pre-exponential factor for ith reaction, kmol⋅bar0.5/ 

(kgcat⋅h)
Kj Adsorption constant for species, j
Kj,0 Pre-exponential factor for adsorption constant
Keqi Equilibrium constant of reaction, i
LHV Lower heating value, J/kg
MW Molecular weight, kg/kmol
n Predicted life of the component, year
ṅ Molar flow rate, mol/ s
N Operation hours per year, h
Q̇ Heat transfer rate, W
pj Partial pressure of species j, bar
r Radius, m
R Gas constant, kJ/kmol⋅K
Ri Reaction rate of reaction i, kmol/(kgcat-h)
top Operational time, hour/year
T Temperature, K
T0 Reference temperature, K
U Overall heat transfer coefficient, W/(m2⋅K)

V Velocity, m/s
Vol Volume, m3

Ẇ Power, W
z Length of the reactor, m
Zk Purchase equipment cost for each k component, $
Żk Initial cost rate, $/h

List of Greek letters
δ Thickness, m
v Stoichiometric coefficient, −
ρb Catalyst density, kg/m3

φ Maintenance rate

List of Subscripts and Superscripts
cat Catalyst
comp Compressor
cv Control volume
CH4 Methane
CO Carbon monoxide
CO2 Carbon dioxide
e exit
f fuel
fr frame
H2 Hydrogen
H2O Water
HEX Heat exchanger
i Reaction number
in Input
j Species
LHV Lower heating value
mem Membrane
MR Membrane reactor
O&M Operation and maintenance
O2 Oxygen
0 Reference value
perm Permeate
reac Reaction
ret Retentate
sep Seperation
sys System
SMR Steam-methane reformer
S/C Steam-to-carbon ratio
WGS Water-Gas Shift
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recovered in the permeate stream resulted to be > 99.999 %, meanwhile 
capturing up to 80 % of the CO2 produced during the steam methane 
reforming. Kim et al. [13] experimentally studied hydrogen production 
from methane with a MR housing a Pd-based composite membrane to 
recover high grade hydrogen in the permeate and analysing whether the 
retentate gas is suitable to be used in CO2 capture systems. This study 
showed that the hydrogen purity on the permeate stream was ~ 98 %, 
whereas CO2 and CH4 compositions in the retentate stream resulted to 
be ~ 68 % and 22 %, respectively. In addition, methane conversion and 
hydrogen recovery at 500 ◦C were 79.5 % and 98.7 %, respectively.

Some theoretical studies have dealt with mathematical models to 
simulate the integration of MRs with CO2 capture systems. For example, 
Shirasaki et al. [14] conducted a case study about the integrated system 
used for producing high grade hydrogen by MR and, simultaneously, 
capturing CO2 at the Tokyo Gas Company. This company developed a 
large-scale MR producing 40 Nm3/h of high-grade hydrogen with 90 % 
of CO2 concentration in the MR retentate stream, designing an inte
grated apparatus for CO2 capture consisting of a gas–liquid separator, a 
gas compressor, a tank, and a chiller. In the hydrogen production pro
cess with only 3 % of energy loss, the emissions of CO2 were decreased 
by 50 %. They developed a mathematical model for this system and the 
results showed that the system efficiencies to produce hydrogen with 
and without CO2 capture were simulated to be 78.6 % and 81.4 %, 
respectively. Ma et al. [8] developed models using a Monte Carlo 
simulator for different case studies (conventional and MRs with and 
without a CO2 capture system) to examine the economic performance of 
the integrated system. Analysing the case related to the increase of the 
carbon price, the sensitivity degree of economic performance in the case 
of hydrogen production by a conventional reactor adopting a CO2 cap
ture system results to be higher than that of a conventional reactor not 
adopting a CO2 capture system. Lee et al. [16] conducted a comparative 
technoeconomic analysis for the sorption-enhanced MR (SEMR) 

providing simultaneous hydrogen production and CO2 capture. In 
particular, both thermodynamic and economic studies were carried out 
with sensitivity and uncertainty analyses to estimate costs in detail. The 
results showed that hydrogen production costs by conventional reactor, 
MR, and SEMR resulted to be 4.53, 1.98, and 3.04 $/kgH2

, respectively. 
Furthermore, they found that the utilization of a SEMR for next- 
generation hydrogen production and CO2 capture can be preferable 
due to a lower CO2 emission rate than the others, although MR showed 
the lowest cost of hydrogen production. In our previous work, a ther
modynamic analysis (energy and exergy) of an integrated system 
including an MR and a CO2 capture system to produce decarbonized 
hydrogen was carried out [15]. The effects of operating parameters 
(temperature, pressure, and steam-to-carbon ratio) on the system per
formance (thermal efficiency, methane conversion, hydrogen yield, and 
CO2 yield) and exergy destruction for each component were investi
gated, and the simulations showed that the best achievable methane 
conversion, hydrogen and CO2 yields have been 51 %, 67 %, and 22 %, 
respectively. Thermal efficiency at 500 ◦C and 9 bar was found equal to 
51 %.

However, to the best of our knowledge, no studies cover exergy and 
thermo-economic analyses of integrated plants consisting of a MR 
coupled to a CO2 capture system, realising also a balance of plant 
components. Therefore, as an advancement of our previous publication 
[15], the novelty of this work deals with a comprehensive thermo- 
economic analysis on a MR adopted to generate high grade hydrogen 
by steam reforming of synthetic biogas, integrated with a CO2 capture 
system. Moreover, an exergy analysis, as a consequence of the variation 
of key operating parameters, such as steam-to-carbo ratio and biogas 
inlet temperature, is proposed, further studying how the latter aspects 
may impact the costs of the integrated plant.

Fig. 1. Schematics of the integrated system producing decarbonized hydrogen and capturing CO2 from the flue gases.
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2. System description

Fig. 1 shows the schematic of the integrated plant producing dec
arbonized hydrogen and capturing CO2 from the waste gases (hot flue 
gases from the burner and the exhaust gases from the boiler and MR). 
The plant consists of a MR, CO2 capture system (compressor, heat 
exchanger, and membrane separation unit), and auxiliary plant com
ponents (compressor for methane, boiler, burner, water pump, air 
blower, and two mixers). In the layout of the integrated system two heat 
exchangers (HEX-1 and HEX-2) are used to heat the air leaving the 
blower (State 11); then the air splits into two streams in Valve-2: one 
stream goes to the burner (State 13) and the other one enters the boiler 
(State 12). Methane, as the main component of biogas, is fed to the boiler 
(State 5), compressor-1 (State 6), and burner (State 7) by a three-ways 
valve (State 4). Water is fed to the system from a pump (State 1), it is 
heated in the boiler and then the steam is fed to Mixer-1 (State 3) to be 
mixed with the methane coming from Compressor-1 (State 8). The feed 
gas consisting of methane and steam (State 9) is fed to the reaction side 
of the MR, where the steam-methane reforming, water gas shift, and 
direct steam methane reforming take place in the presence of a catalyst. 
The produced hydrogen in the reaction side permeates through the 
hydrogen perm-selective membrane and is collected in the permeation 
side.

The permeated hydrogen (State 22) comes out from the MR and 
enters the heat exchanger to heat up the air coming from the blower.

The required heat to drive the endothermic chemical reactions is 
provided from the hot flue gas coming from the burner (State 14) and fed 
to the jacket of the MR. The overall waste gases including the exhaust 
gas-1 from the boiler (State 16), the exhaust gas-2 from the burner 
(States 15x), and the retentate gas from MR (State 10) have different 
composition of gases (hydrogen, methane, CO, CO2, N2, and water). The 
waste gases are mixed in the Mixer-2 (State 17) and then fed to the CO2 
capture system to separate CO2. At this stage, firstly, the gaseous mixture 
is fed to Compressor-2 to increase their pressure and then enters the heat 
exchanger (State 17x) to decrease their temperature. Finally, CO2 is 
separated from the gaseous mixture by a polymeric membrane-based 
module operated at constant temperature and pressure. The captured 
CO2 from the integrated system (State 18) could be potentially utilized 
in a power-to-X scheme, or in agriculture or as chemical feedstock [17]. 
In addition, the heat extracted from the heat exchanger used in the CO2 
capture system can be stored for later use in any application (e.g., dis
trict heating, cogeneration, space heating and cooling, water heating, or 
steam generation).

3. Mathematıcal modeling

In this section, the modeling equations of the main components of 
the system described in Section 2 are presented. A 1-D mathematical 
modeling of the MR was developed and validated in the previous study 
[15]. The other components and CO2 capture system are investigated 
using a thermodynamic model. To find thermodynamic properties (e.g., 
enthalpy and entropy), the energy transfers (work and heat), and the 
exergy destructions of each component, mass, energy, and exergy bal
ance equations are applied to the control volume of components in the 
integrated plant. In the MR, the reaction kinetics and Sievert’s law are 
used to find the hydrogen production in the MR, hydrogen permeation 
through the membrane, and the reaction rates of steam methane 
reforming reactions [6,7]. In the burner and boiler, the molar ratio of 
hot flue gas and exhaust gas-1 produced in the burner and boiler, 
respectively, is calculated using the reaction kinetics equations. More
over, the cost balance incorporated with the exergy balance is applied to 
each component to estimate the hydrogen production cost. All model 
equations are solved using MATLAB. The main assumptions used in the 
mathematical modeling of the integrated plant are reported below: 

• The integrated system operates under steady-state conditions.

• All gases are treated as ideal gases.
• In the burner and boiler, complete burning occurs.
• Dry air composition used in the burner and boiler is taken as 21 % O2 

and 79 % N2.
• The perm-selectivity of the dense self-supported tubular Pd-Ag 

membrane [18] housed in the MR is 100 % toward hydrogen.
• The membrane separation unit in the CO2 capture system operates at 

a constant temperature and pressure.
• The walls of each component and the connection lines are thermally 

insulated.
• The flow rate of methane is taken as constant.
• Reactor inlet temperature is kept constant.

3.1. Component models

3.1.1. Membrane reactor
The details of the 1-D MR model and its validation are provided in 

our previous study [15]. In this subsection, the summary of the main 
model equations used in the MR is given. In the MR configuration 
analyzed in this work, the steam reforming reaction takes place in the 
MR shell side, whereas the produced hydrogen is collected in the 
membrane core. In the reaction side, the feed (methane and water) is fed 
to a Ni-based catalytic bed, and then the following reaction mechanism 
(Eqs. (1) − (3)) has been assumed to take place. 

CH4 + H2O → CO+ 3H2Δh1 = 206,000J/mol (1) 

CO + H2O → CO2 + H2Δh2 = − 41, 000J/mol (2) 

CH4 + 2H2O → CO2 + 4H2Δh3 = 165,000J/mol (3) 

Part of produced hydrogen permeates through the hydrogen perm- 
selective membrane from the reaction side to the permeate side [20]. 
The retentate gases, including methane, CO2, CO, residual hydrogen, 
and steam, come out from the outlet stream of the reaction side. The 
mass and energy balance equations, and the hydrogen permeation 
equation as well for the MR reaction and permeation sides are, respec
tively, provided in Table 1.

The values of all constants used in the modeling equations inserted in 
Table 1 are taken from Nalbant Atak et al. [15].

3.1.2. General conversion equations
Mass and species, energy, and exergy rate balance equations at 

steady-state conditions are applied to all components used in the inte
grated plant to determine the thermodynamic properties and exergy 
destructions of each component. 
∑

ṅinMWin −
∑

ṅeMWe = 0 (4) 

Q̇cv − Ẇcv +
∑

ṅin •

(

hin +
V2

in
2

+ gzin

)

−
∑

ṅe •

(

he +
V2

e
2

+ gze

)

= 0

(5) 
∑

j
ĖQ,j − Ẇcv +

∑

i
Ėxin −

∑

e
Ėxe − ĖxD = 0 (6) 

where the i and e subscripts are denoting the inlet and exit, respectively. 
ṅ and MW are the molar flow rate and the molecular weight, respec
tively. Q̇, Ẇ, and h are defined as the heat transfer rate, the work transfer 
rate, and molar specific enthalpy, respectively. ĖQ,j is the exergy transfer 
rate due to the heat transfer. Ẇcv is the exergy transfer rate due to the 
work. Ėxi and Ėxe are the exergy flow rates with the inlet and exit flows. 
ĖxD is the rate of exergy destruction in the control volume.
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3.2. Thermoeconomic analysis

Thermo-economic analysis combines thermodynamic and economic 
principles to examine the costs, inefficiencies, and benefits related to the 
conversion and utilization of energy in a given system [21]. The first step 
of a thermo-economic analysis is to conduct the economic analysis and, 
in this regard, the initial cost rate (Żk) and the capital recovery factor 
(CRF) can be calculated as reported below [22]: 

Żk =
Zk⋅CRF⋅φ

N
, Zk = Zref ⋅

(
CEPCI2023

CEPCIbase

)

,CRF =
(ir⋅(1 + ir)n

)

(1 + ir)n
+ 1

, (7) 

where φ and N are the maintenance rate (considered as 1.06) and the 
operation hours per year (considered as 7640 h). Zk is defined as the 
purchase equipment cost for each k component, which is calculated by a 
component cost function given in the Appendix at its reference year and 
normalized by the cost index (CEPCI). ir and n are the interest rate (taken 
as 0.1) and the predicted life of the component (taken as 20 years). 

Table 1 
Mass and energy balance equations for the MR reaction and permeation sides.

Sides of MR Principle Equations

Reaction Side Mass and Species 
Balance

dṅret
j

dz
= ρbAc

∑3
i=1

ϑi,jRj(j = CH4 ,CO,CO2,H2O)
dṅret

j

dz
= ρbAc

∑3
i=1

ϑi,jRj − JH2 (2πri,o)(j = H2)

Energy Balance ∑5
i=1

ṅiCp,i
dTret

dz
= ρAc

∑3
j=1

ϑi,jRj
(
− ΔHj

)
+ 2π

[
ro,oUshell(Twall − Tret) − ri,oUtube

(
Tret − Tperm

) ]

Reaction Kinetics
R1 = k0,1exp

(
− E1

RT

)[

pCH4 pH2O −
p3

H2
pCO

Keq,1

]

/
(

p2.5
H2

• DEN2
)

R2 = k0,2exp
(
− E2

RT

)[

pCOpH2O −
pH2 pCO2

Keq,2

]

/
(
pH2 • DEN2)R3 =

k0,3exp
(
− E3

RT

)[

pCH4 p2
H2O −

p4
H2

pCO2

Keq,3

]

/
(

p3.5
H2

• DEN2
)

DEN = 1 + KCH4 pCH4 + KCOpCO + KH2 pH2 + KH2O
pH2O

pH2

Kj = Kj,0 • exp
(
− Δhi

RT

)

Permeation 
Side

Mass Balance dṅperm
H2

dz
= JH2 (2πri,o)

Energy Balance ∑2
i=1

ṅiCp,i
dTperm

dz
= 2πri,oUtube

(
Tret − Tperm

)

Hydrogen 
Permeation Sieverts-Fick Law:JH2 =

BH2

δ

(
p0.5

H2,ret
− p0.5

H2,perm

)
BH2 = B0

H2
• exp

(
− Em

RT

)

Table 2 
Purchase equipment cost of each component in the system.

AUXILIARY COMPONENTS
Component Equation Ref.

Water pump Zpump = 3500 • Ẇ0.41
pump [23]

Compressor-1

Zcomp 1 = 91562 •

⎛

⎜
⎝

Ẇcomp− 1

455

⎞

⎟
⎠

2/3
[23]

Valve-1
Zvalve 1 = 37 •

(
P7

P4

)0.68
[24]

Valve-2
Zvalve 2 = 37 •

(
P13

P11

)0.68
[24]

Burner
Zburner =

(46.08 • F13 • MWair/1000)
(0.955 − P14/P13)

• (1+exp(0.018 • T14 − 26.14) ) [22]

Boiler
Zboiler = h0.8

steam • exp
(

Pboiler − 2
14.29

)

• exp
(

Tboiler − 350
446

)

[25]

HEX-1 ZHEX 1 = 1000 • Aβ
HEX− 1 [24]

HEX-2 ZHEX 2 = 1000 • Aβ
HEX− 2 [24]

Blower
Zblower = 91562 •

⎛

⎝Ẇblower

455

⎞

⎠

2/3
[26]

MEMBRANE REACTOR SYSTEM
Component Equation Ref.
Hydrogen Perm-selective 

Membrane
Zmem H2 = Fp • Amem • Cmem H2 Fp = B1 + B2 • Fm • FnFn = a1+a2 • ln(Preac)+a3 • ln(Preac)

2
+a4 • ln(Preac)

6
+a5 • ln(Preac)

8
[27]

Catalyst Zcat = Volcat • CRcatVolcat = (αcat • F9)/ρcat,kg

Vessel
Zves = Fp • Cref,reac •

(
Volbed

Volref ,bed

)εf

Volbed = Volcat/(1 − void)

Total cost ZMR = Zmem H2 + Zcat + Zves

CO2 CAPTURE SYSTEM
Component Equation Ref.
CO2 Membrane Zmem CO2 = Amem CO2 • Cmem CO2 [19]Membrane Frame

Zmem fr = 238 • 103 •

(
Amem CO2

2000

)0.7
•

(
Pmem

55

)0.88

Compressor-2 Zcomp 2 = F17 • 0.0224 • 1.8 • 96 • 103

HEX-3 ZHEX 3 = F17 •
3.5
440

• 106

Total cost ZTot mem CO2 = ZTC CO2 + ZO&M + ZENZTC CO2 =
(
Zmem fr +Zcomp− 2 +ZHEX− 3

)
• DF + Zmem CO2 • DFmem CO2 ZO&M = 0.01 •

(
ZmemCO 2 +Zmemfr

)
+

0.036 •
(
Zcomp− 2 +ZHEX− 3

)
ZEN = top •

(

EC • Ẇcomp2

)
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Table 2 shows the purchase equipment cost function of each component 
in the integrated system. Constants used in all purchase equipment cost 
equations [19,23–27] are given in Table 3.

In the second step, the general cost rate balance equation at the 
steady state conditions (Eq. (8)) is applied with the calculated capital 
cost for each component in order to calculate the cost rates of inlet and 
outlet streams. 
(

cq ˙Exq

)

k
−
(

cWẆ
)

k
+

∑(
c • Ėx

)

in
−

∑(
c • Ėx

)

e
+ Żk = 0 (8) 

where Ėx is the rate of exergy defined in the thermodynamic analysis 
part of this study (Section 3.1.2), c is the cost per unit exergy of the inlet 
stream (ci), outlet stream (ce), heat transfer (cq), and work (cW).

Total cost rate of the integrated system (Ċtot) can be calculated by 
using Eq. (9). The latter equation accounts for environmental cost 
internalization of the system [28], while the environmental cost (Ċenv)

allocation is due to CO and CO2 and estimated as reported in Eq. (10). It 
is relevant to note that solid and liquid waste costs are neglected. 

Ċtot =
∑

k
Żk + Ċf + ĊD,k + Ċenv (9) 

Ċenv = CCOṁCO +CCO2 ṁCO2 (10) 

where Ċf is the fuel cost rate and it can be found using its low heating 
value (Ċf = cf ṁf LHV), ĊD,k is the cost associated with exergy destruction 
rate (ĊD,k =

cf ,k
LHV⋅ĖxD,k). Here, cf , ṁf , and LHV are defined as the cost of 

fuel per unit of energy, mass flow rate of fuel, and low heating value, 
respectively. cf ,k and ĖxD,k are the cost per exergy unit and the exergy 
destruction rate, respectively. The cost rate balance equations for all 
components in the integrated system at the steady state condition are 
reported in Table 4.

4. Results and discussion

4.1. Breakdown analysis

In this section, the major monetary (cost) values associated with the 
investment, operation, and maintenance to produce hydrogen in the MR 
are discussed in detail. Fuel, environmental (due to CO and CO2 
releasing), and component costs in addition to those due to non-useful 
energy (exergy) are analyzed and investigated. The cost breakdown 
analysis for this system helps to show the economic barriers. The share 
of the main economic factors is displayed in Fig. 2a and 2b, which 
describe the analyses carried out with and without CO2 capture system, 

respectively.
In the case a CO2 capture system was considered, the major factor in 

determining the system cost is found to be fuel cost with a value of 60 %, 
Fig. 2a. With no effect of environmental costs due to the penalty of flue- 
gas release to the environment, exergy destruction and component costs 
account for 34 % and 6 % of the total cost, respectively. On the other 
hand, when the CO2 capture system is not included, component and 
exergy destruction costs decrease while environmental cost increases 
significantly, Fig. 2b. Moreover, Fig. 2c and 2d show total system and 
hydrogen production costs. In particular, Fig. 2c shows this trade-off and 
its effects on the hydrogen cost. Accordingly, the total cost decreases 
from 260.36 $/h to 239.01$/h (by 8.9 %) when the CO2 capture system 
is integrated in the plant, and thus the hydrogen production cost de
creases by 12 %. This can be mostly attributed to the environmental 
costs due to the cost of CO2 and CO. For example, the system cost is equal 
to 37.2 $/h in case CO2 and CO are released from the system, whereas 
the cost of the carbon-capturing is 9.24 $/h. Overall, the study shows 
that, from an economic point of view, CO2 capture integrated system 
may decrease the cost of hydrogen production for this system. The 
hydrogen production cost can be reduced further as the carbon social 
cost likely increases in the following year, according to United States 
Environmental Protection Agency [29]. Based on that, it is worth of 
mentioning that the CO2 capture system is included for the remaining 
analysis discussed in the next sections.

4.2. The effect of steam-to-carbon (S/C) ratio

The effect of steam-to-carbon (S/C) ratio on the integrated plant is 
examined thermo-economically. As illustrated in Fig. 3a, the total 
component cost (purchased cost) increases with increasing S/C. When 
S/C ratio passes from 1.5 to 4, the total component cost rises by 21 %, 
whereas the exergy destruction cost decreases by 9.2 %. The major 
factor of the increasing trend in the total component cost can be 
explained by the increase in the purchased costs of the MR, boiler, and 
CO2 capture system, and the influence of S/C on the major purchased 
equipment cost is also reported in Table 6. When S/C ratio passes from 
1.5 to 4, the increase in the purchased cost of the MR, boiler, and CO2 
capture system is found to be 64 %, 58 %, and 5 %, respectively. The 
main reason behind this evidence is related to the higher steam flow 
rate, with a consequent higher components volume. It should be noted 
that fuel cost does not change with a change in the S/C.

This is due to the assumption of keeping the methane flow rate 
constant. Therefore, the S/C ratio changes only the steam flow rate, 
while the methane flow rate is kept constant. In Fig. 3b, the effect of S/C 
on the hydrogen production cost is shown, evidencing a decreasing 
trend till achieving ~ 2$/kgH2 when the S/C increases from 1.5 to 4. 
Increasing steam to carbon ratio, component cost increases by 21 %. 
However, hydrogen production cost decreases by 17 %. This can be due 
to higher hydrogen production rate with higher steam to carbon ratio. 
The inset in Fig. 3b shows the aforementioned increasing trend. For 
example, this accounts for 14 % when S/C passes from 1.5 to 4. It is 
worth of noting that, when the systems are operated at lower S/C, it is 
likely to accelerate the carbon formation. However, this phenomenon 
has been not taken into account in this work.

4.3. The effect of biogas inlet temperature

The effects of biogas inlet temperature on the exergy destruction, 
component, and hydrogen production costs are displayed in Fig. 4a and 
4b, respectively. A slight decrease in component cost is found when the 
biogas inlet temperature increases. According to the breakdown anal
ysis, the boiler’s component cost decreases significantly, while the 
component cost of the compressor increases slightly. As a result, a 
change in component cost does not play a major role in determining the 
hydrogen production cost. Nevertheless, the exergy destruction cost 
increases with increasing temperature, which results in a change in the 

Table 3 
Constants used in all purchase equipment cost equations [19,23–27].

Constant Value Constant Value

celectricity 0.0909 $/kWh cwater 0
csteam 11 $/ton cmethane,en 3.365 $/GJ
ccarbondioxide 0.024 $/kg ir 0.1
LHVmethane 55 MJ/kg φ 1.06
n 20 years B2 1.47
B1 1.62 a1 0.5146
Fm 1 a3 0.297
a2 0.6838 a5 0.002
a4 0.0235 ρcat,kg 3460 kg/m3

αcat 3.59 kg • s/mol Cref,reac 21,936 $
CRcat 105 $/m3 void 0.6
Volref,bed 0.0167 m3 Cmem CO2 50 $/m2

Cmem H2 3570 $/m2 DF 0.064
Amem CO2 1.094 • 103 m2 top 8000 h/year
DFmem CO2 0.225 β 0.65
EC 0.04 $/kWh CCO2 0.024 $/kg
CEPCI2023 803.3 CCO 0.0208 $/kg
CEPCIbase 394 ​ ​
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Table 4 
Control volume and cost rate balance equations of all components in the integrated system.

Components and Control Volume Cost Rate Balance Equations Components and Control Volume Cost Rate Balance Equations

Water Pump  
Ċ1 − Ċ2 −

(

celectricityẆpump

)

+ Żpump = 0
Valve-1  Ċ4 − Ċ5 − Ċ6 − Ċ7 + Żvalve 1 = 0

Compressor-1  
Ċ6 − Ċ8 −

(

celectricityẆcomp 1

)

+ Żcomp 1 = 0
Valve-2  Ċ11 − Ċ12 − Ċ13 + Żvalve 2 = 0

HEX-1  Ċ11x + Ċ15 − Ċ11y − Ċ15x + ŻHEX 1 = 0 Burner  Ċ7 + Ċ13 − Ċ14 + Żburner = 0

HEX-2  Ċ11 + Ċ22 − Ċ11x − Ċ22x + ŻHEX 2 = 0 Mixer-1  Ċ3 + Ċ8 − Ċ9 + Żmixer 1 = 0

Membrane Reactor  Ċ9 + Ċ14 − Ċ10 − Ċ15 − Ċ22 + ŻMR = 0 Mixer-2  Ċ15x + Ċ10 + Ċ16 − Ċ17 + Żmixer 2 = 0

Compressor-2  
Ċ17 − Ċ17x −

(

celectricityẆcomp 2

)

+ Żcomp 2 = 0
CO2 Capture Membrane   Ċ17y − Ċ18 − Ċ19 + ŻTot mem CO2 = 0

HEX-3  Ċ17x − Ċ17y + ŻHeX 3 = 0 Boiler  Ċ5 + Ċ12 + Ċ2 − Ċ16 − Ċ3 + Żboiler = 0

Fig. 2. The share of the main economic factors for the MR-based hydrogen generation system a) without considering CO2 capturing system, b) with considering CO2 
capturing system, c) overall system costs with and without CO2 capture, and d) hydrogen production cost with and without CO2 capturing.
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hydrogen production cost. As shown in Fig. 4a, passing from 80 $/h for 
the exergy destruction cost to 100 $/h leads to an increase in the 
hydrogen production cost by around 7.5 %.

However, there is an extraordinary jump in cost for a temperature 
range of 400–––450 ◦C of biogas inlet temperature. For example, exergy 
destruction cost increases only by 1.5 % when the temperature increases 
from 350 to 400 ◦C, whereas this increase is found as 25 % when the 
temperature increases from 400 to 450 ◦C. The reason for sharp changes 
in enthalpy, entropy, and exergy occurring specifically at 400–450 ◦C, 
rather than in the 300–400 ◦C, can be explained by the fact that, at 
higher temperatures, gases achieve a point where molecular motion 
significantly increases, and certain chemical reactions, phase transi
tions, or dissociation processes may begin to occur. This results in a more 

pronounced change in energy and disorder at the higher temperature 
range, which doesn’t happen as sharply between 300–400 ◦C. Essen
tially, 400–450 ◦C might be the threshold where these processes become 
more noticeable. It can be explained by considering that the exergy 
destruction rate is limited thermodynamically by the changes in 
enthalpy (ΔHT2= (ΔHT1 +Δcp(T2 − T1) [30]). According to our analysis, 
the enthalpy of methane increment sharply increases when the tem
perature increases, while the increase in enthalpy of CO is limited with 
temperature. According to Fig. 4b, the hydrogen production cost in
creases from 10.6 $/kgH2 to 11.3 $/kgH2 in the same temperature range. 
To better explain this result, exergy analysis applied around the control 
volume of the boiler is displayed in the inset of Fig. 4b. In this regard, the 
change in exergy destruction cost mimics the trend of exergy destruction 
rate for the same temperature range. It is worth recalling one of the main 
assumptions done in this work, in which the reactor inlet temperature is 
kept constant. Therefore, the cost of the MR is not influenced by biogas 
inlet temperature, whereas the boiler is one of the major affected com
ponents. These results demonstrate that exergy does not only play a role 
in defining available energy but also has a significant impact on the cost 
value of the energy carrier because the customer purchases a useful part 
of energy.

Fig. 3. S/C effect of on a) cost factors and b) hydrogen production cost (Inset: The change of the amount of produced hydrogen with S/C).

Table 6 
Influence of S/C on the major purchased equipment cost.

S/C Equipment cost ($/h)

Boiler Membrane reactor CO2 capture system

1.5 1.37 2.43 8.41
2 1.54 2.74 8.50
3 1.87 3.37 8.67
4 2.17 3.99 8.84

Fig. 4. The effect of biogas inlet temperature on a) cost factors and b) hydrogen production cost (Inset: A change of exergy destruction rate with changing biogas inlet 
temperature).
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5. Conclusions

In this study, a detailed thermo-economic analysis of an integrated 
plant including a MR-based hydrogen production and a CO2 capture 
system is conducted. This plant has the capability of producing highly 
pure hydrogen from biogas using a MR housing a hydrogen perm- 
selective membrane, meanwhile concentrating in CO2 the unper
meated stream to be successively captured in a second stage process. 
Firstly, the system’s economic performance with or without the CO2 
capture system is examined with breakdown analyses. Then, the effects 
of two important operating parameters such as S/C ratio and biogas inlet 
temperature on the hydrogen production cost have been investigated. 
According to the results, it has been confirmed that fuel cost is the major 
economic factor for hydrogen production cost. The study also showed 
that environmental and exergy destruction costs can be important eco
nomic components, highlighting how the economic cost to implement a 
CO2 capture system is more advantageous compared to the plant option 
without CO2 capturing feature. Furthermore, this work evidenced that 
exhausted CO and CO2 rate lead to environmental cost equal to 37.2 $/h, 
whereas the cost rate of capturing system is found as 9.24 $/h. Based on 
that, the utilization of a membrane-based CO2 capture system can 
decrease hydrogen production costs by 12 % because of the reduced cost 
of penalty related to the releasing of greenhouse gases (CO and CO2). It 
has been also demonstrated that S/C can deplete hydrogen production 
costs. When S/C rises from 1.5 to 4, the cost for producing 1 kg of 
hydrogen can be reduced by approximately 2$ due to lower exergy 
destruction costs and a higher amount of hydrogen produced. Biogas 
inlet temperature has been demonstrated to influence the cost of 
hydrogen produced. When it increases by 50 ◦C, the cost of 1 kg of 
hydrogen production increases from $10.6 to $11.3.

In the future, the effect of an optimized thermal integration system 
(via the heat exchanger network) on the total cost of hydrogen pro
duction will be examined in detail to reveal some potential cost reduc
tion mechanisms.
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